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bstract

It is expected that in future years high temperature fuel cells will be coupled with coal gasification technology to produce electric power, as
ell as other valuable commercial products. Numerous technical investigations have already shown the feasibility of such systems at the system

evel as well as in the details of fuel cell operation. This paper focuses on the operation of an anode comprised of conventional solid oxide fuel
ell anode materials (Ni/YSZ cermets) when operating on coal syngas. A model is presented for the transport of gases through the anode, as well
s gas specie reactions within the anode consisting of methane reforming and water-gas shift. The model is validated by making comparisons
o data and other models from the literature. The model is then employed to analyze transport performance within the anode over operating
ressures between 1 and 15 atm. Results show the pressure effects on specie profiles, diffusion losses, and cell heating. Specifically, there is a
aximum pressure (8 atm) under which hydrogen is produced by the methane-steam reaction; operating at higher pressure will produce methane.
n addition, the concentration overpotential decreases as pressure increases from 1 to 5 atm after which it again increases. Finally, the model predicts
significant amount of heating due to the net reforming and water-gas shift reactions that should be considered by developers of these future

ystems.
ublished by Elsevier B.V.
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. Introduction

The U.S. Department of Energy is currently investing in
he development of both fuel cell and coal gasification tech-
ologies [1]. Gasification technologies, along with new cleanup
nd sequestration technologies, allow for the environmentally
enign use of coal for energy production, as well as the co-
roduction of other beneficial products such as hydrogen, liquid
uels, etc. Given the vast quantities of coal resources within
he U.S., it is logical to advance these technologies to sup-
ort our future energy needs. To support this advancement, this
aper specifically focuses on the coal syngas operation of SOFC
nodes.
The financial cost of new technologies is always an issue.
he use of a solid oxide fuel cell system can help to reduce
lant costs, since the high efficiency of conversion results in a
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ower physical plant size for a given electric power output. As
escribed by Kivisaari et al. [2], the necessary cleanup of the
uel gas for fuel cell operation can also be beneficial from a
ost perspective, since it is easier to remove contaminates from
he relatively low flow fuel stream than for conventional meth-
ds that use post-combustion cleanup which have much greater
ow rates. For the above to become fully realized, however,

ow cost fuel cell technology must be achieved, and this will
ccur through the present DOE Solid State Energy Conversion
lliance (SECA) Program, Williams et al. [3]. Finally, low cost
as clean up methods that remove contaminates from coal syn-
as will also be needed, and this is also the subject of other DOE
ponsored research.

.1. Status and future plans of coal gasification for fuel cell
erived power
Coal gasification is a process in which coal is transformed
nto a gaseous fuel containing a mixture of CO, H2, CO2, H2O,
H4, and N2, as well as other minor species including some that
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dx.doi.org/10.1016/j.jpowsour.2006.06.012
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an shorten the life of the fuel cell. Coal is mixed with an oxidant
O2) and steam in a reactor operating between 500 and 1800 ◦C
nd 25–70 atm (1 atm = 101.3 kPa) to produce the gaseous mix-
ure known as syngas, Higman et al. [4] and Ratafia-Brown et al.
5]. Oxygen blown gasification is typically used since less com-
ustion of coal is needed to heat the reactants to temperature and
ess work is needed to compress the gases entering the reactor
ivisaari et al. [2]. Further, given recent attention to CO2 as a
reenhouse gas, oxygen blown gasification will also help enable
uture sequestration technology. Three types of coal gasification
ystems have been used throughout industry; namely, moving
ed, fluid bed, and entrained flow. Moving bed processes are
haracterized by large particles of coal that enter at the top of the
eactor and the steam and oxygen enter at the bottom and operate
t temperatures of 500–1250 ◦C and pressure of≥30 atm [2,4,5].
luidized-bed reactors are characterized by high back mixing
here ground coal (<6 mm) enters at the side of the reactor and

he oxidant and steam enter near the bottom, which fluidizes the
oal into the reacting bed. Fluidized-bed systems operate below
he ash softening temperatures (950–1100 ◦C) and a pressure of
pproximately 25 atm [2,4]. The entrained flow reactor process
s distinguished by its mixing of fine coal particles (<0.1 mm),
ry or in the form of a water slurry, that enter at the top of the
eactor with the oxidant and steam. Entrained flow gasification
s also characterized by a very small residence time and high
perating temperature range (1500–1700 ◦C) and pressures up
o 70 atm. At present, entrained flow reactors have been the pre-
erred choice for current IGCC systems and are anticipated to be
sed with future systems that also incorporate solid oxide fuel
ell (SOFC) technology [2,4].

For entrained flow reactors, the product syngas composition is
xceedingly dependent upon the gasification process, operating
onditions, and the coal used in the process [2,4,6]. A summary
f raw syngas compositions from the three major gasification
ystems is presented in Table 1. The oxygen and steam con-
umption by all three major processes is very similar [2].

Finally, it is noted that thus far very little SOFC operation
as been performed directly on coal derived syngas. Recently,
owever, it has been reported that an SOFC using syngas from

circulating fluidized bed gasifier showed successful operation
ver a 75 h period, Shaffer [7]. These results are encouraging
nd offer a first look into the research needs for this future tech-
ology.

I
t
w
a

able 1
yngas gas compositions vs. gasifier types

Gasifier type

Moving bed [2] Fluidized bed [6] Entrained flow

as composition (vol.%)
CO 46.0 48.2 29.1
H2 26.4 30.6 28.5
CO2 2.9 8.2 11.8
H2O 16.3 9.1 27.6
N2 2.8 0.7 2.1
CH4 4.2 2.8 0.009
HHV, Btu/dscf 333.0 309.0 213.7
er Sources 161 (2006) 1084–1095 1085

.2. Paper objective and outline

While public literature provides several systems studies
howing the performance of fuel cell systems when fuelled
y coal syngas, e.g., Kivisaari et al. [2], no detailed investi-
ations of coal syngas effects on fuel cell anode performance
ave been given. This paper investigates the detailed transport
f coal derived syngas through the anode of an SOFC. A porous
edia model is derived, verified and validated with information

rom the literature, and then applied to syngas transport through
n SOFC anode. The paper is organized as follows. Section
reviews past work related to this study. Section 3 describes

he model developed for our work, and presents the literature
ata used for verification and validation of the model. Section 4
resents the results from the application of the model to syngas
ransport through the anode. Section 5 provides the summary
nd conclusions for this study.

. Past work

Past literature provides support for the present study in the
reas of mass transport in porous media, chemical reaction
ithin porous catalyst media, fuel cell electrode performance

nd model prediction, and experimental data for validation.

.1. Pure porous media transport (no chemical reactions)

Solcova et al. [8] compared two methods for the determina-
ion of the structural properties of porous media. The first via
irect test methods (e.g., absorption and porosimetry methods)
nd the second via gas transport tests. They used both the mean
ransport pore model (MTPM) and the dusty gas model (DGM)
n their determination of structural properties via the transport
ests. They conclude that for simple mono-sized particles, the
wo methods compare fairly well, but for bi-dispersed particles
he comparisons are not satisfactory. This indicates that the use of
tandard porosimetry methods to determine electrode structural
roperties used in model studies may not be generally viable.

nstead, calibration of model parameters using direct experimen-
al cell data will provide greater model utility. For the present
ork, we employ structural parameters representative of SOFC

nodes as already published in the literature.

[38] Entrained flow (slurry fed) [6] Entrained flow (dry fed) [6]

41.0 60.3
29.8 30.0
10.2 1.6
17.1 2.0

0.8 4.7
0.3 0.0

278.0 297.0



1 of Pow

t
d
p
K
T
t
c

p
t
1
t
h
i
n
a
o
t
t
n

t
p
0
s

2

t
s
m
f
i
s
b
t
t

m
c
e
a
a
t

i
s
m
c
t
r
d
p
a
m
i

c
t
s
o
c
g
m
t
c
t
i
i
e
i

2
c

r
n
t
a
c

c
S
i
d
p

N
m
h
T
c
l
f
p
m
d

s
s
e
t
a
e
i
(

p

086 R.S. Gemmen, J. Trembly / Journal

Remick and Geankoplis [26] experimentally measured
he diffusion of helium, neon and argon through a 39 �m
ia.× 9.6 mm long capillary tube. By varying the operating
ressure from 0.45 to 303 mmHg absolute, data spanning both
nudsen and molecular diffusion limits could be measured.
his wide range of conditions and molecular weights allows

he present work to validate the model developed to investigate
oal syngas transport within an SOFC anode.

Kast and Hohenthanner [35] evaluate porous media trans-
ort from the continuum transport region to the free molecular
ransport region (i.e., Knudsen numbers below 0.01 and above
.0, respectively). For the conditions of the present work where
here is an interest in the pressurized operation of SOFC’s for
ybrid applications, the Knudsen numbers for all gas species
s in the continuum where Knudsen diffusion is negligible, to
ear continuum region where Knudsen diffusion has a notice-
ble but relatively minor effect (see also the discussion below
n Ackmann et al. [15]). From Kast and Hohenthanner, for
hese conditions the significance of pressure diffusion rela-
ive to ordinary diffusion is small, and can be estimated as,
E
diff/nord

diff = y∇p/p∇y = y�p/p�y, where y is the mole frac-
ion and p is pressure. As an example, for the mid-range in
ressure for the present work (8 atm), we have approximately,
.3× 800 Pa/(808,000 Pa× 0.1) = 0.003. Hence, it is not neces-
ary to include effects of pressure diffusion for the present work.

.2. CO and H2 electro-kinetics and CH4 reforming kinetics

Matsuzaki et al. [9] and Matsuzaki and Yasuda [10] studied
he electrochemical characteristics of a H2 + H2O + CO + CO2
ystem within a nickel and yittria-stablized-zirconia (YSZ) cer-
et electrode. The electrochemical oxidation rate of H2 was

ound to be about two to three times greater than CO depend-
ng on operating temperature. They attributed this to the greater
urface diffusion resistance of CO at low temperatures, and to
oth diffusion and charge transfer at high temperatures. In addi-
ion, the shift reaction was determined to be much faster than
he electrode reactions over the temperature range studied.

Dicks [11] provided a review of kinetic studies on internal
ethane reforming in high temperature fuel cells. It is shown that

onsiderable disagreement still exists for the reforming kinetics,
specially in regard to the effect of steam partial pressure. In
ddition, as shown by Peters et al. [12], the effect of CO2 causes
reduction in methane reformation, and more work is needed

o provide reliable kinetic models.
Aguiar et al. [13] include the effects of methane steam reform-

ng and water-gas shift in a one-dimensional model of an anode
upported SOFC operated on a pre-reformed methane + steam
ixture. The electrochemistry assumes only H2 oxidation, and

ompletely neglects any carbon-monoxide oxidation except
hrough the water-gas shift reaction. Results show high methane
eforming kinetics at the inlet to the anode, which quickly decays
ue to the consumption of methane. The work reported in the

resent paper on coal syngas focuses on the anode inlet behavior,
nd also shows high methane reforming kinetics of the residual
ethane present in the coal derived syngas, but only over a lim-

ted range of pressure.

s
s
d
S

er Sources 161 (2006) 1084–1095

It is evident from the above work investigating hydrogen and
arbon monoxide oxidation kinetics that there is little consis-
ency in the relative H2-to-CO reactivity data. Some of the work
uggests that carbon monoxide oxidation is at least a factor of
ne-third less than that of hydrogen, while in the modeling of fuel
ell performance others ignore carbon monoxide oxidation alto-
ether. For the present work, we will assume that some carbon
onoxide is oxidized electrochemically. However, it is found

hat increasing the level of CO oxidation only changes the gas
omposition close to the electrolyte. That is, the gas composition
hroughout most of the electrode is unchanged due to changes
n the relative consumption of H2 and CO. This insensitivity
s due to the fact that the water-gas shift reaction is fast, and
quilibrates the H2:CO mole fraction ratio regardless of which
s consumed electrochemically.

.3. Fuel cell electrode performance—electrochemistry and
hemical kinetics

Achenbach and Riensche [14] studied the MSR and WGS
eactions in a Ni–ZrO2 cermet at conditions representative of
atural gas fueled systems (partial pressure of CH4 from 0.11
o 0.33 bar). They show that the high conversion rates of CH4
t high temperatures (>850 ◦C) result in mass-transfer limiting
onditions.

Ackmann et al. [15] investigated mass transport in SOFC
athodes and anodes using a MTPM. They show that for typical
OFC anodes operating on reformed methane syngas, neglect-

ng Knudsen diffusion or permeation can result in up to 20%
eviations. For the present paper, we include both Knudsen and
ermeation effects.

Bebelis et al. [16] also report on the kinetics of MSR on
i/YSZ cermet electrodes. They show that over a range of
ethane and steam partial pressures the reforming kinetics can

ave variable order dependence on methane and steam content.
hey propose a competition between methane and steam disso-
iative adsorption on the nickel catalyst, and identified two rate
imiting reaction steps (activated adsorption of methane and sur-
ace reaction of adsorbed carbon with adsorbed oxygen). The
resent authors view this type of work as developmental, and
ore work will be needed to understand MSR at this level of

etail where surface kinetics can be included.
Lehnert et al. [17] modeled the effect of methane derived

yngas on anode performance to determine the effect anode
tructural properties on methane conversion. The model consid-
red molecular, Knudsen, and convective transport via a mean
ransport pore model (MTPM), and included effects for MSR
nd WGS. The kinetics for MSR and WGS were determined
xperimentally Drescher et al. [18]. Results showed that poros-
ty and pore size control methane conversion most significantly
by 5–12%).

Recently, Haberman and Young [19] investigated the trans-
ort of methane derived syngas in the 1 mm thick porous

upport of a SOFC and also resolved conditions in the fuel
tream-wise direction. Their model used the Darcy equation to
escribe convective transport due to pressure gradients, and the
tefan–Maxwell equation for bulk gas diffusion, and ignored
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ontributions from Knudsen diffusion due to an assumed large
10 �m) pore size. They used the same fuel supply composition
nd reforming kinetics used by Lehnert et al. [17]. No carbon-
onoxide, only hydrogen electrochemical consumption was

pecified. Their results showed that for a case without reforming,
ittle variation in specie concentrations exist through the highly
orous support. Results also show an almost uniform hydrogen
roduction rate (from reforming) in the direction of the thick-
ess of the anode, which was higher at the inlet vs. exit by nearly
wo orders of magnitude. The hydrogen production followed the
emperature profile, which was also nearly uniform through the
hickness of the anode, high at the inlet, and significantly lower
t the exit due to internal reforming.

Hecht et al. [20] provide a DGM for the transport of species
hrough a porous Ni/YSZ cermet, and include a detailed kinetic

odel for MSR. They compare results of the model to experi-
ental results from a hardware configuration that approximates

he conditions of a true SOFC. The model incorporates 42 sepa-
ate reaction mechanisms to account for MSR, WGS, and specie
urface coverage. The comparison of model results to experi-
ental results show overall good agreement in trends and specie

oncentrations. For a mixed CO2/H2O reforming case, worse
ase errors were for H2 (27%), while for a pure H2O reforming
ase, worse case errors were for CO (70%). Their results also
ighlight the fact that the reforming kinetics can be rate limit-
ng for certain high load conditions. The present authors expect
hat the development of such detailed reaction kinetics for SOFC

odeling will continue to evolve and improve as this technology
atures.

. Model description

.1. Overview

Porous media, in general, exhibits two modes of mass trans-
ort. The first is pressure driven, which is commonly referred
o as permeation transport. The second is diffusion transport
hich has two components—bulk molecular diffusion where
olecular-to-molecular interaction dominates the transport, and
nudsen diffusion where molecular-to-solid wall interaction
ominates the transport. All these transport mechanisms are

elieved to play a significant role within an SOFC anode. A
epresentative configuration of an SOFC anode is shown in
ig. 1. As shown, the fuel gas is supplied via the anode gas
hannels. The various fuel components within the fuel gas then

ig. 1. Anode electrode having gas channels, interconnect, and electrolyte inter-
aces.
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iffuse through the porous electrode to the electrolyte where
hey convert to their oxidized products. These products then
ounter-diffuse to the anode channel. Any non-reactive species
hat may be present within the anode gas (e.g., N2) will, under
teady conditions, exhibit zero net transport—exhibiting equal
nd opposite permeation transport and diffusion transport.

Permeation and Knudsen diffusion are affected by three
orous media structural parameters: porosity, tortuosity, and
ore size. Newer advanced SOFC anode electrodes are com-
rised of at least two layers having distinct structural properties:
1) an interlayer next to the electrolyte whose electrochemical
erformance is enhanced via particles with sizes ca. 20–50 nm
roviding increased active area; (2) a relatively thick (ca. 1 mm
hickness) structural outer layer next to the interconnect hav-
ng larger particle sizes (ca. 0.5–5 �m) providing increased gas
ransport. The objective of this work is to assess the transport
nd chemical kinetic concerns for coal syngas applications of
OFC’s.

As shown in Section 1, several different approaches have
een developed to evaluate multicomponent porous media trans-
ort problems having both permeation and diffusion transport
echanisms present. The mean transport pore model (MTPM)

8] and the dusty gas model (DGM) [21] both treat multicompo-
ent diffusion transport using a modified Stefan–Maxwell model
SMM). For one-dimensional transport we have

Nt
dyi

dx
= nd

i

D∗ki

+
J∑

j=1

(
yjn

d
i − yin

d
j

D∗ij

)
(1)

n the above equation x is the direction of flux, Nt (mol m−2 s−1)
s the total molar density, y (1) is the mole fraction, nd

mol m−2 s−1) is the mole flux due to molecular diffusion,
*k (m2 s−1) is the effective Knudsen diffusion coefficient, D*

m2 s−1) is the effective bimolecular diffusion coefficient, and J
s the total number of gas species plus 1 (for the large dust par-
icles). A subscript denotes the index value to a specific specie.
he first term on the right of Eq. (1) accounts for Knudsen diffu-
ion, and the following term accounts for multicomponent bulk
olecular diffusion. As can be seen in Eq. (1), to account for
nudsen diffusion, the SMM is modified in a way that consid-

rs the two diffusion modes to operate in parallel. The MTPM
nd DGM are the same in their treatment of the molecular dif-
usion, but they differ in their treatment of permeation—MTPM
mploys the Weber permeation model and the DGM employs
he Darcy permeation model. The former model includes a term
ccounting for viscous ‘slip’ at solid surfaces. For the present
ork on the evaluation of coal syngas transport through an SOFC

node, we employ the DGM.

.2. Model equations

.2.1. Dusty gas model
The DGM assumes that the porous media is comprised of
pherical particles that behave as very large (and, hence, very
low moving) molecules. Because of the random assembly of
hese particles (which also have a distribution of sizes), the

odel assumes the use of effective diffusion transport coeffi-
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ients for all molecular species

∗
ij = Dij

ε

τ
(2)

here, Dij (m2 s−1) is the bi-molecular diffusion coefficient,
(1) is the bulk porosity, and τ (1) is the bulk tortuosity of

he porous media. Diffusion coefficients were determined using
he procedures outlined in Cussler [22]. Likewise, the effective
nudsen diffusion coefficient is defined as

∗k
i = Dk

i

ε

τ
=
(
〈r〉2

3

√
8RT

πMi

)
ε

τ
(3)

here 〈r〉 (m) is the mean pore radii, R (J mol−1 K−1) is the
niversal gas constant, and T (K) is the temperature. As men-
ioned above, the DGM uses the Darcy model for permeation.
or one-dimensional transport we have

p
t = −B0

dNt

dx
(4)

here nt (mol m−2 s−1) is the total mole flux, B0 (m2 s−1) is the
ffective permeation coefficient, and Nt (mol m−3) is the total
olar density which can be related to pressure through the ideal

as law. The three transport parameters, ε, τ, and B, need to be
etermined experimentally via correlation with the model.

The total flux of specie ‘i’ is the sum of the diffusion and
ermeation fluxes

i = nd
i + yin

p
t (5)

sing Eq. (1) (applied to the large dust particles) and Eq. (4),
long with the fact that the large ‘dust particles’ making up
he porous media are immobile, the solution for dNt/dx can be
ound in terms of the mole fluxes of the gas components. This
olution can be substituted back into Eq. (5) for dNt/dx to have,
er Warren [23]

Nt
dyi

dx
= ni

D∗ki

+
J∑

j=1

(
yjni − yinj

D∗ij

)

− B0yi

D∗ki

⎡
⎣
∑J

m=1

(
nm

D∗km

)
1+ B0

∑J
m=1

ym

D∗km

⎤
⎦ (6)

he above equation, for i = 1 to J− 1, provides a linear set of
ndependent ordinary differential equations. To solve for all J
omponents, an additional equation is needed. For this we use
he conservation of species

T =
J∑

j=1

ni (7)

qs. (6) and (7) can be used to solve for the spatial distribution
f mole fluxes and mole fractions for all J components.
For the solution, we note that Eq. (6) can be recast into matrix
otation as

¯̄ · n̄+Ng = 0 (8a)

C

T
o

er Sources 161 (2006) 1084–1095

here n̄ = {n1, n2, n3, . . . , nJ }T is the vector of gas phase mole
uxes (molecular + permeation transport). The components for

he submatrix J− 1× J of ¯̄H are given by

ii = 1

Dk
i

+ yiBi

Dk
i

+
∑J

m=1

(
ym

Dim

)
; (m �= i),

ij = yiBi

Dk
j

− yi

Dim

; (i �= j),

i = − B0/D
k
i(

1+ B0
∑J

m=1
ym

Dk
m

) ,

0 = r2 ε

τ

p

8μ
(1 ≤ i ≤ J − 1) (8b)

here p (Pa) is the pressure and μ (Pa s−1) is the mixture
ynamic viscosity. The above submatrix to ¯̄H provides an inde-
endent set of transport equations derived from Eq. (6). To
rovide the final Jth independent equation, the last row of ¯̄H
s given by

Jj = 1 (9)

inally, the vector N̄g is given by

¯
g = {dN1/dx, dN2/dx, dN3/dx, . . . , dNJ−1/dx,−nT}T

(10)

hich is the vector of gas phase mole density gradients, but with
he last element being the negative of the total mole flux.

.2.2. Conservation equation
Using Eq. (8b) with elements to H as defined in Eqs.

8b)–(10), solutions for the fluxes of ni can be found in terms
f the known distributions of specie concentrations. The calcu-
ated fluxes can then be used to determine the rate of change
f specie concentrations through the following one-dimensional
onservation equation

dNi

dt
= −dni

dx
+ Ri (11)

here Ri (mol m−3 s−1) is the rate of production of specie ‘i’
ue to chemical reactions.

.2.3. Chemical reactions
The principle reactions of concern for the present work are

ethane steam reforming (MSR) and water-gas shift (WGS).
ollowing Lehnert et al. [17], these chemical reactions are
ccounted for, respectively, as

H4 + H2O
k+r←→
k−r

3H2 + CO, �H298 = 206 kJ mol−1 (12)

k+

O+ H2O a←→

k−a
CO2 + H2, �H298 = −41 kJ mol−1 (13)

he net forward reaction rate for MSR, Eq. (12), has previ-
usly been determined experimentally for a representative SOFC
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node by Divisek et al. [24] as reported in Lehnert et al. [17].
he net reaction rate is given as

r = k+r pCH4pH2O − k−r pCO(pH2 )3 (14)

here k+r (mol m−3 s−1 Pa−2) and k−r (mol m−3 s−1 Pa−4) rep-
esent the forward and reverse rate constants, respectively. The
ater-gas shift reaction, Eq. (13), is considered to be very quick

nd remains in equilibrium throughout the SOFC anode. Per
ehnert et al., equilibrium of the WGS is represented by a kinetic
xpression with very high forward and reverse reaction rates

s = k+E pCOpH2O − k−s pCO2pH2 (15)

here k+s (mol m−3 s−1 Pa−2) and k−s (mol m−3 s−1 Pa−2) rep-
esent the forward and reverse rate constants, respectively. The

SR and WGS rate constants reported by Lehnert et al. were
nalyzed by Haberman and Young [19] and reported in Arrhe-
ius form (see Eqs. (16)–(22)). Because the results from Lehnert
t al. were also used in this present work for model verifica-
ion, adjustments were made so that accurate predictions were
chieved for their 1123 K case. The resultant kinetic data used
n the present work is given by

ps = k+s
k−s
= pH2pCO2

pH2OpCO
(16)

pr = k+r /k−E =
pCO(pH2 )3

pCH4pH2O
(17)

ps = (1.049) exp(−0.2935Z3 + 0.6351Z2

+ 4.1788Z + 0.3169) (18)

pr = (1.003)(1.0267× 1010)× exp(−0.2531Z4 + 0.3665Z3

+ 0.5810Z2 − 27.134Z + 3.2770) (19)

= 1000

T (K)
− 1 (20)

+
s = (1.185)(0.0171) exp

(−103191

RT

)
(21)

+
r = (1.942)(2395) exp

(−231266

RT

)
(22)

here Kps [1] and Kpr (Pa2) are the equilibrium constants for
he WGS and MSR reactions, respectively.

Finally, the molar rates of formation for the various species
n the system are presented in Eq. (23) through (27)

CH4 = −Rr (23)

CO = Rr − Rs (24)
H2O = −Rr − Rs (25)

H2 = 3Rr + Rs (26)

CO2 = Rs (27)

S
t
a
c
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.3. Numerical solution method

The DGM shown in Eq. (6) and the conservation equation
hown in Eq. (11) are used to solve for the transient specie
ehavior within an anode electrode given prescribed boundary
onditions. As explained in the following paragraphs, a custom
oftware package was developed to provide the solution to the
ransient electrode diffusion problem.

.3.1. Numerical model
A finite control volume analysis is employed for the numeric

olution of Eq. (11). To avoid oscillations in the numerical solu-
ion, the locations for node properties (e.g., specie concentration,
emperature and pressure) are offset by 1/2�x from the flux
ode locations following Patankar [25]. The gradient term in
q. (8) is given by central differencing, except at the end nodes
here forward or backward differencing is required. The speci-
ed boundary conditions are specie concentration values at x = L
see Fig. 1), and reactant consumption at x = 0. Reactant con-
umption at the electrolyte, Re (as a mole flux of H2 and CO into
he electrolyte, and H2O and CO2 away from the electrolyte) is
elated to current through Faraday’s law as follows:

e H2 =
−iH2

2F
= −Re H2O = iH2O

2F
(28)

e CO = −iCO

2F
= −Re CO2 =

iCO2

2F
(29)

here F is the Faraday constant (C mol−1), and iH2 (A m−2)
nd iCO (A m−2) are the currents due to the electrochemical
onsumption of hydrogen and carbon-monoxide, respectively.
ere it is assumed that a positive value for iH2 indicates electro-

hemical consumption of H2 (likewise for CO). The total current
easured by instrumentation applied to a cell is the sum of the

wo currents, iH2 and iCO. As mentioned previously, there is no
onsistency in the literature regarding the treatment of combined
O and H2 electrochemistry. Matsuzaki and Yasuda [10] suggest

hat the ratio of H2:CO electrochemistry is 2:1, while Aguiar et
l. [13] choose to ignore CO electrochemistry completely. For
he work reported here on coal syngas oxidation, we assume that
H2 = 4iCO. The impact of changes in the relative consumption
f H2 and CO were examined, and shown to be limited mainly
o the first 0.2 mm layer near the electrolyte due to the fast WGS
eaction which equilibrates the H2 and CO mole fractions.

.3.2. Solution method
Initial conditions are given for all parameters at t = 0. To

ntegrate in time, at time t an L-U decomposition matrix solver
s used to solve for specie fluxes, n̄, in Eq. (8) given known
istributions of specie concentrations, N̄. The specie concen-
rations at t + dt are then calculated via Eq. (11) by explicit time
ntegration.

In this paper, for both the model validation and application to

OFC electrodes, we focus only on the steady diffusion of reac-

ants. Hence, the model was run until the solution was convergent
nd changes in reactant partial pressures through the electrode
hanged by less than one part in a thousand per second. For the
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Fig. 2. DGM results (lines) compared to He + Ne + Ar capillary diffusion data of
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emick and Geankoplis [26]. Results confirm that the DGM developed for diffu-
ion studies accurately predicts both Knudsen and molecular limits of diffusion
ehavior.

OFC electrode results presented below, 40 nodes were used to
ive sufficient node independent results. The computational time
o reach steady state was about 30 min on a 1.7 GHz computer.

.4. Model validation

The model was validated using data from the literature. To
ssess the accuracy of the model for pure diffusion spanning
oth Knudsen and molecular domains, data on the diffusion of
elium, neon and argon through a 39 �m dia.× 9.6 mm long
apillary tube was used, Remick and Geankoplis [26]. Here the
ressure was varied over about three orders of magnitude in
rder to span the Knudsen and molecular diffusion limits for this
ernary diffusion problem. Because the pressure and temperature
ere the same throughout the system, Graham’s law applies,
ason and Malinkauskas [21]

i

ni

√
MWi = 0 (30)

here MWi (g mol−1) is the molecular weight of specie ‘i’. A
otal of 41 nodes were used through length of the capillary tube,
nd the model was run until steady state conditions were reached.
esults for the model comparison with the experimental data are

hown in Fig. 2. As can be seen, the model closely follows the
xperimental data. (As reported by Remick and Geankoplis [26],
he average error in the diffusion fluxes from their theoretical
alue was about 5%.) In addition, the model curves follow both
imits of Knudsen and molecular diffusion very closely. A test
f node-number dependency on predicted results showed that
eyond 20 nodes results were node independent. The results
rom this part of the validation work confirm that the DGM
ccurately predicts molecular diffusion in porous media.

Comparisons were also made with data from Yakabe et al.

27]. Here, the concentration overpotential through a 2 mm thick
OFC anode was measured for two different anode gas mixtures
H2 + H2O + Ar and CO + CO2) under different current load-
ngs. Suwanwarangkul et al. [28] also used the Yakabe et al.

a
r
e
g

er Sources 161 (2006) 1084–1095

27] data in the comparison of Fickian, Stefan–Maxwell, and
GM models and found that the DGM provided best agreement
ith the data. We repeat their study as a way to validate the
resent model. It is pointed out, however, that the model devel-
ped by Suwanwarangkul et al. [28] assumed that Graham’s
aw (Eq. (30)) applied because of negligible pressure gradient
hrough the anode. However, applying Graham’s law here forces
mproper flux relations between the species based on their ratio
f molecular weights, rather than the physically correct Faradaic
elations (Eqs. (28) and (29)). Also, while Suwanwarangkul et
l. [28] found best model comparisons using a tortuosity of 4.5,
ur work found that improved comparisons to the data could
e obtained with 5% less tortuosity. Results for the compari-
on using 41 nodes (and all other physical model parameters as
hown in Suwanwarangkul et al. [28]) are shown in Fig. 3. As can
e seen, the model developed here (denoted NETL DGM) shows
slightly improved comparison to the data. For both models, the
omparison is poor at high current density and high overpoten-
ial (Fig. 3c and f). A sensitivity analysis shows, however, that
t these conditions concentration overpotentials are sensitive to
mall changes in concentrations, and, hence, may not be as reli-
ble for model comparison purposes. For example, small gas
eakage may cause a high-bias in measured overpotentials, such
s might be evident in Figs. 3c and f. Also, the models presented
ere and in Suwanwarangkul et al. do not account for surface
iffusion transport that may exist near the electrolyte interface
hich contributes to the concentration overpotential, Williford

t al. [29].
Finally, to verify the capability of the model to predict com-

ined diffusion and reactive chemistry, comparisons were made
ith the model predictions given by Lehnert et al. [17] Here, a
mm thick porous SOFC anode running on 30% pre-reformed
atural gas was simulated using a MTPM. The case used
or model verification was: 1123 K, 300 mA cm−2, ε/τ = 0.156,
r〉= 1.07e−6 m, iH2 : iCO = 1 (because of the fast WGS, model
esults away from the electrolyte boundary are largely insensitive
o iH2 : iCO ratio). Again, 41 nodes were used for the DGM, and
he model was run until steady state conditions existed. Results
or the DGM comparison with the results from Lehnert et al.
17] are shown in Fig. 4. As can be seen, very close comparisons
xist for the CH4 concentration profile and consumption profile.
he consumption profiles for H2O and CO are also closely fol-

owed. The greatest differences are in the total pressure, Ptotal,
nd H2 profiles, which likely arise from the different permeation
odels.

. Model application and results

As shown in Section 2, numerous investigators have studied
he transport of reformed natural gas inside the anode of a solid
xide fuel cell. Here we specifically focus on the transport of coal
yngas inside the anode, and in particular, examine the behav-
or at the inlet edge of the anode. Coal syngas compositions

re much different from natural gas compositions, which will
esult in different behavior from that reported by others, Lehn-
rt et al. [17]. The inlet edge of the anode is of particular interest
iven that any chemical non-equilibrium of the anode gas will
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ig. 3. NETL DGM compared to Suwanwarangkul et al. [28] DGM and Yakab
ortuosity. For reasons suggested in the text, results show an overall slight imp
sing the NETL DGM.

ause significant heating/cooling as the nickel anode material
atalytically converts the gases via the MSR and WGS reac-
ions, Eqs. (12) and (13), respectively. The endothermic MSR
eaction cools the anode, while the exothermic WGS reaction

eats the anode. The extent of heating/cooling depends on the
xtent of non-equilibrium of the components, and to what side of
he equilibrium point they exist (i.e., whether forward or back-
ard reactions occur).

c
w
c
t

ig. 4. DGM results (lines) compared to model results of Lehnert et al. [17]. (a) Con
greement exists between current work and that of Lehnert et al.
l. [27] data. Best fit to the data for the NETL DGM occurred with a 5% lower
comparison to the Yakabe et al. data and Suwanwarankul et al. model when

As shown in Section 1, compositions of coal syngas are var-
ed, but overall contain more carbon, more oxygen, and less
ydrogen than natural gas fueled systems, Yi et al. [30]. For the
resent work, the anode gas was assumed to have the syngas

omposition from Hoffman [31] shown in Table 1. Future work
ill examine the effects of other coal syngas compositions. As

an be readily shown by minimization of the Gibbs free-energy,
his syngas composition is in non-equilibrium for the tempera-

centration profiles; (b) molar production rates. Results show that overall close
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Table 2
Anode electrode properties

Parameter Value

Thickness, L (m) 0.002
Tortuosity, τ 3.6
Permittivity, Ψ = ε/τ 0.156
M
O
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ean pore diameter, 〈r〉 (�m) 1.07
perating temperature, T (◦C) 800

ures and pressures considered in this work, and would slightly
∼6 ◦C) cool due to the MSR and WGS reactions if allowed
o equilibrate. However, gas phase kinetic calculations were
erformed showing that the composition does not significantly
hange from that shown in Table 1, even over time durations
uch greater than expected for transport from the gasification

leanup device to the fuel cell (<100 s), and even when at rep-
esentative anode inlet conditions (e.g., ∼700 ◦C.) Hence, it is
eliable to make the assumption that the syngas will reach the
node largely unaltered from the conditions exiting the gasifier
e.g., compositions reported in Table 1.)

The model is applied to an anode having properties as shown
n Table 2. Because the optimal operating pressure of future coal
ased fuel cell systems is currently being evaluated, pressure was
arametrically varied from 1 to 15 atm, while the temperature
as fixed at 800 ◦C. This pressure range spans the pressures used

n past system studies examining the application of solid oxide
uel cells to gasification based systems, Kivisaari [2].

.1. Assessment of carbon deposition

To determine if carbon deposition may occur for these mix-
ure and pressure conditions, thermodynamic equilibrium anal-
sis was performed using the FACTSAGE software program
eveloped by Thermfact Ltd. and GTT-Technologies mbH. For
i/YSZ anodes, it is known that such calculations slightly over-
redict the true deposition conditions, but at least provide a min-
mum steam-to-carbon requirement to avoid deposition, Clarke
32]. Results are presented in Fig. 5 showing that carbon depo-

ition is close to being thermodynamically possible at the higher
ressures considered for this work, but are still outside the depo-
ition region. Further, it is well known, Weber et al. [33] and
unji et al. [34], that the addition of oxygen to the anode via

i
l
7
r

ig. 6. Hydrogen and methane profiles through the electrode, (a) and (b), respective
ise in hydrogen concentration at the free-stream side of the electrode. At about 8 atm
onditions.
ig. 5. Ternary diagram for carbon deposition equilibrium calculations. Data
oints indicate operating points for given fuel utilization (FU). Each corner
hows the element having the 100% mole fraction value.

lectrochemical conversion of fuel reduces the potential for car-
on deposition. This reduction in carbon deposition potential is
lso shown in Fig. 5 as a percent of fuel utilization. A total of
1 nodes are used in the model, and the model was run until it
eached steady state for all results presented.

.2. Pressure effects

Results for a 300 mA cm−2 load are shown in Figs. 6–10.
ig. 6a shows the profile for hydrogen through the electrode. At
atm pressure operation, there is a mild increase in hydrogen
ontent near the free-stream side of the electrode (x = 0.002 m)
ue to MSR and WGS. The hydrogen concentration then
ecreases toward the electrolyte (x = 0.000 m) due to electro-
hemical consumption of hydrogen. As pressure increases, there

s an increase in hydrogen generation until about 7 atm, which
ifts the entire concentration profile. At pressures higher than
atm, the mole fraction of hydrogen decreases. This decrease

esults directly from an overall decrease in hydrogen generation

ly, at 300 mA cm−2. Because of both reforming and water-gas shift, there is a
and above, there is a net gain in methane concentration relative to free-stream
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Fig. 7. MSR net forward reaction rate (a), and WGS net forward reaction rate (b), fo
anode, and consumed at the electrolyte. There is a relatively insignificant amount of W
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where the subscript FS denotes data taken at the free-stream,
ig. 8. Hydrogen mole fraction at the anode–electrolyte interface, and concen-
ration overpotential loss due to gas phase diffusion (300 mA cm−2).

t higher pressures via the reverse MSR reaction. This can also
e seen in Fig. 6b, which shows the methane profile through
he electrode. The concentration of methane first decreases as
ressures increase to about 7–8 atm. At pressures greater than

atm, methane concentrations go up.

Fig. 7a shows the net rate of methane reformation through the
lectrode. As pressure increases, methane near the free-stream
ide of the anode is first consumed in the MSR reaction up

ig. 9. Total pressure distribution through the electrode relative to the free-
tream (Pfs) (300 mA cm−2).

a
s

F
o

r 300 mA cm−2. At 15 atm, methane is produced at the free-stream side of the
GS reaction from 0.0 to 1 mm as shown in the inset of b.

ntil pressures greater than 7 atm. At pressures 8 atm and higher,
ethane is produced. This rate behavior is consistent with the

ydrogen profiles shown in Fig. 6a. Fig. 7b shows the net for-
ard WGS reaction rate (observe the change in scale on the

-axis). At the very outer electrode surface there is an increase
n reaction rate with pressure. However, at depths within the
node, the WGS reaction rate may first increase with pressure,
ut then gradually decrease with pressure due to the near full
onsumption of any non-equilibrium CO at the outer domain.
he pressure dependency shown here is taken to arise from the
ombined effect of MSR reaction which produces CO at pres-
ures less than 8 atm, and diffusion.

Fig. 8 shows the effect of operating pressure on mole frac-
ion of hydrogen at the electrolyte side of the electrode, and the
oltage loss (overpotential) due to gas diffusion losses which is
alculated by the traditional overpotential relation

diff = −RT

2F
ln

⎛
⎜⎝
(

PH2
PH2O

)
FS(

PH2
PH2O

)
E

⎞
⎟⎠ (31)
nd the subscript E denotes data taken at the electrolyte. For
imple pure diffusion problems, Eq. (31) shows the voltage loss

ig. 10. Anode electrode inlet edge cooling (+) and heating (−) as a function
f operating pressure for 300 mA cm−2.
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hat results from the concentration loss resulting from gas phase
iffusion through the electrode. (Positive values indicate a volt-
ge loss.) As shown in Fig. 8, as pressure increases from 1 to
atm, the hydrogen concentration has a small but quick rise

n value and the diffusion overpotential quickly decreases. At
ressures above about 3 atm, the overpotential goes negative
i.e., there is no voltage loss due to changes in the H2/H2O
oncentration ratio through the electrode.) This behavior results
rom the competition between diffusion transport losses which
educe the H2/H2O ratio and the production of hydrogen from
he MSR reaction. It is evident that while consumption of
ydrogen and production of steam would lower the H2/H2O
atio at the electrolyte, sufficient hydrogen is being produced
nd transported within the electrode to overcome this reduc-
ion. At pressures above 10 atm, the overpotential becomes
ositive as the amount of hydrogen falls at the electrolyte
nterface.

Fig. 9 shows the total pressure in the anode relative to the free-
tream operating pressure. Recall that in prior work it sometimes
ssumed that the pressure through the electrode is constant, and
hereby allowing the use of Graham’s law, Eq. (30). As can be
een from these results, the pressure departs most significantly
rom the free-stream value for the 1 atm pressure condition.
owever, even for very high operating pressures, the use of Gra-
am’s law will be invalid given the known specie fluxes (e.g.,
H2 = −nH2O). It is fundamentally impossible for pressure to
e constant within anode electrodes in general. It has even been
hown from calculations at current loads of 0.0 A cm−2 that a
otal pressure differential (∼−400 Pa) exists between the elec-
rolyte and the free stream for this particular inlet edge of the
node. This arises due to the balance of the hydrogen mole flux
ut of the anode electrode (generated by reforming and water-
as shift), and the flux of carbon monoxide and methane into the
node.

Fig. 10 shows the magnitude of heating and cooling vs.
perating pressure for the 300 mA cm−2 load. Again, the MSR
eaction, when operated in the forward direction, will cool the
ell, whereas the WGS reaction, when operated in the forward
irection, will heat the cell. As shown in Fig. 10, for pressures
ess than about 7 atm, the MSR offers some mild amount of
ooling. Because of the strong WGS reaction, however, there
s an overall net heating of the cell over the entire pressure
omain studied. The level of heating is relatively low for ambi-
nt pressure operation. However, fairly strong heating occurs at
ressures greater than 4 atm. It is important to understand, how-
ver, that the conditions modeled are most applicable to the inlet
dge of the anode. It is at this edge that the supplied reactants
ill first hit the anode material and react. Given the rates of

eaction seen above, the supplied anode reactants will quickly
quilibrate. That is, the gas will converted to near equilibrium
onditions over a small distance into the cell. Past this distance,
o more heating due to non-equilibrium chemistry will occur,
nd the only heating will be due to the electrochemical conver-

ion of fuel. Finally, it is also important to understand that other
hermal transport mechanisms are present that also need to be
aken into account (e.g., radiation and convective transport) in
rder to solve the full thermal state of the cell. These results,

[

er Sources 161 (2006) 1084–1095

owever, highlight that a significant portion of heating may also
ome from the fuel reactants supplied by the gasifier.

. Summary and conclusion

In this paper the effect of operating at higher pressure and
n coal syngas was investigated via detailed modeling. For rep-
esentative syngas conditions, the following key features of the
ell operation were determined:

There is a maximum pressure of about 8 atm at which hydro-
gen is produced via the methane steam reforming reaction;
operating at higher pressures results in methane production.
The water-gas shift reaction rate increases up to about 7 atm;
operating at higher pressures reduced the shift of CO to H2.
The overpotential due to diffusion losses, as described by
changes in hydrogen at the electrolyte interface, shows a
decrease in value as pressure increases up to about 5 atm after
which diffusion loss again increases.
Because of chemical non-equilibrium in the syngas mixture,
the inlet edge to the anode is faced with significant heating,
primarily due to the net forward water-gas shift reaction.

It is concluded here that research opportunities exist to exper-
mentally identify the level of heating that might occur on the
node, and its mechanical effect on the anode. That is, will such
evel of heating at the inlet cause severe temperature gradients
n existing SOFC technology that has been designed for other
uel types and operating pressures, or is the conductivity of the
aterials and other thermal transport mechanisms sufficient to

issipate this heat sufficiently to avoid mechanical and structural
roblems?
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